in which E 0 is the standard cell potential and SHE is the standard hydrogen electrode. In water both chlorine and bromine (halides represented here as X) are hydrolyzed and can exist in one of three states: X 2 (g) ↔ X 2 (aq) + H 2 O ↔ HOX + H + + X -↔ OX -+ 2H + + X - (4) Bromine chloride (BrCl) can also be formed but this usually occurs in very small concentrations (Odeh et al, 2004) . For both chlorine and bromine, the hydrolysis constant is highly pH-dependent, with low pH values more favorable to the gaseous forms (Downs & Adams, 1973) and bromine dominating at pH less than 3.5 (Johnson & Sun, 1975) . This lower pH can be achieved at the anode during electrolysis because of the release of hydrogen ions (Boulos et al, 2008) . The most oxidized forms of both chloride and bromide are significantly more volatile than either of the oxyhalide acid forms. The release of large quantities of very fine oxygen bubbles at the anode during electrolysis, combined with the low pH, results in the volatilization of bromine.
Compliance with the various disinfection by-product (DBP) regulations promulgated by the US Environmental Protection Agency (USEPA) is generally difficult for many public water systems. The most problematic DBP precursor is bromide because it occurs in very small concentrations yet significantly affects key regulated DBPs, including trihalomethanes (THMs), haloacetic acids (HAAs), and bromate, all thought to be carcinogens by USEPA (USEPA, 1998) . Furthermore, there is no best available technology-such as reverse osmosis (RO) or ion exchange-for bromide removal that has been found cost-effective for most utilities dealing with bromide. For those facilities where bromide constitutes a problem, their best strategies have been source control, use of alternative disinfectants, and control of water age in the distribution system.
An emerging technology offers the potential to change this situation. The process uses electrolysis of water to oxidize bromide to bromine and water to oxygen gas and hydrogen ions, resulting in the volatilization of bromine. Less bromide means lower concentrations of DBPs in general and brominated DBPs in particular (Boulos et al, 2013; Kimbrough et al, 2012 Kimbrough et al, , 2011 Boulos et al, 2008; Kimbrough, 2007; Kimbrough & Suffet, 2006 , 2002 . Although this process has been shown to work effectively at the bench level to reduce both bromide and DBP concentrations, it has yet to be evaluated at higher flows or for its costeffectiveness.
This research project, funded collaboratively by the Water Research Foundation and the Castaic Lake Water Agency (CLWA) of Santa Clarita, Calif., was undertaken to conduct such evaluations. The first part of the project focused on determining the optimal configuration of electrolytic reactors through tests of several bench-top reactors; results are summarized elsewhere (Boulos et al, 2013; Kimbrough et al, 2012 Kimbrough et al, , 2011 . The second part of the project examined a scaled-up reactor (based on the optimum configuration determined by the earlier study results) and evaluated its bromide-removal efficiency and cost per unit volume of water treated. Results of that investigation are presented here.
ThEory BEhind ElEcTrolyTic rEmoval of BromidE
When water is electrolyzed, several chemical reactions can occur simultaneously at the anode; these include oxidation of bromide (Br -) to bromine (Br 2 ), chloride (Cl -) to chlorine (Cl 2 ), and water to hydrogen ions (H + ) and oxygen gas (O 2 ) as shown in Eqs 1-3:
A 10-L/min pilot plant using California State Water Project water was designed and operated to remove bromide by electrolytic volatilization. The objective was to evaluate the cost-effectiveness and efficacy of this process in reducing the formation of brominated disinfection by-products such as bromate, trihalomethanes (THMs), and haloacetic acids. Water was passed between electrodes to oxidize bromide to bromine, which was volatilized and partially removed. The water was then ozonated, clarified in an upflow sand clarifier, and filtered through a monomedium deep-bed anthracite coal filter. The process resulted in significantly lower bromate concentrations. THM concentrations were lower in some situations but to a lesser extent, relative to bromate. Chloride removal was also achieved. Extrapolations from pilot-test results put estimated costs for a demonstration-scale electrolytic reactor at $1,529-2,099/mil gal ($405-555/ML) of water treated.
in which E 0 is the standard cell potential and SHE is the standard hydrogen electrode.
In water both chlorine and bromine (halides represented here as X) are hydrolyzed and can exist in one of three states: (4) Bromine chloride (BrCl) can also be formed but this usually occurs in very small concentrations (Odeh et al, 2004) . For both chlorine and bromine, the hydrolysis constant is highly pH-dependent, with low pH values more favorable to the gaseous forms (Downs & Adams, 1973) and bromine dominating at pH less than 3.5 (Johnson & Sun, 1975) . This lower pH can be achieved at the anode during electrolysis because of the release of hydrogen ions (Boulos et al, 2008) . The most oxidized forms of both chloride and bromide are significantly more volatile than either of the oxyhalide acid forms. The release of large quantities of very fine oxygen bubbles at the anode during electrolysis, combined with the low pH, results in the volatilization of bromine.
This process can be seen as analogous to air-stripping, which leads logically to the conclusion that a deeper reactor would improve efficiency. In fact, much of the early research in this area (e.g., Kimbrough & Suffet, 2002) was based on this assumption. However, more recent studies (e.g., Boulos et al, 2013 Boulos et al, , 2008 have shown the opposite to be true-i.e., the shallower the reactor, the greater its efficiency at volatilizing bromide. This stems from the fact that bromine and chlorine quickly redissolve into the aqueous phase (Dean, 1992; CRC Handbook of Chemistry and Physics, 1978) . The shallower the reactors, the less opportunity for this process to occur, and because the oxidation reactions are close to instantaneous, the limiting steps are volatilization from and redissolution into the aqueous phase. In most previous research, no volatilization of chlorine was observed; when very shallow reactors were tested, however, chlorine volatilization was observed.
ExpErimEnTal SEcTion
Study design. The bench-top reactors with optimal bromide removal used in the first half of this project had a flow of 0.1 L/min. The pilot-scale reactor used in the project's second half was 100 times larger, i.e., 10 L/min, in order to evaluate whether similar levels of bromide removal would be observed at larger scale. This scaled-up pilot reactor fed a pilot conventional surface water treatment plant with ozone contactors, contact clarifiers, and deep-bed monomedium anthracite filters. The reactor was run at a fixed flow rate of 10 L/min, but power was varied from 0 to 98 A. The ozone contactor was run under three different conditions-i.e., an applied ozone dose of 0, 8, and 12 mg/L. Bromide removal rates were determined in the reactor under all conditions, and samples for bromate analysis were collected at two locations under each experimental condition. Samples for THMs and THM formation potential (THMFP) were collected at three locations under each experimental condition. Previous research found that in contrast to the THM concentration, the HAA concentration was not significantly affected by the change in bromide concentration (Surawanvijit et al, 2010) . That bench-scale study demonstrated that no significant change in HAA was observed after electrolysis, even at a high level of bromide removal. That finding was consistent with other research (Hua et al, 2006) , which also found the HAA concentration to be substantially less sensitive than the THM concentration to the change in bromide concentration. The current (A), potential (V), power (W), and energy used (Wmin) were determined for each experimental condition, and a cost per litre treated was determined. Experimental conditions are summarized in Table 1 .
reactor design. The reactor was designed with two objectives: first, the reactor should be as shallow as possible to minimize resolubilization (as discussed previously), and second, the electrolyzed water should be moved out of the reactor as soon as possible and dechlorinated. Although the electrolysis process removed some bromide and chloride, it also produced significant amounts of dissolved chlorine, which would initiate the formation of THMs and other DBPs and create unwanted ozone demand. To minimize this, the dechlorinating agent sodium thiosulfate (STS) was added and the effluent dechlorinated as soon as possible after electrolysis. The photograph on page E303 shows an overview of the bromide electrolytic reactor with the lid on. Figure 1 provides a schematic of the pilot-plant design and sample locations.
The electrolytic upflow reactor bodies were constructed in a block of polyvinyl chloride (PVC). From this block, 10 cells were machined, each 20 cm × 42.5 cm (850 cm 2 ), as shown in the photograph on page 305. Around each cell was a weir with five 90˚ vee-shaped notches along each length and no notches along either width. The distance from the top of the notch to the bottom was 0.8 cm. Along each length was a 1.2-cm-wide ribbon of stainless steel (grade 316L) whose top was immediately beneath the bottom of the notches and that served as the cathode. A closeup of a cell is shown in the left photograph on page E307.
On the interior base of each cell, narrow bracket supports extended the length of the cell. On the top of each support bracket, a narrow slit was cut; into this slit, narrow ribbons of titanium anode, coated with a proprietary coating 1 of ruthenium oxide and titanium dioxide (Grotheer, 1998) , were mounted perpendicular to the cathodes. Each cell had 40 ribbons, each 0.5 cm apart from the other. On top of these ribbons was a 0.06-cm-thick titanium mesh, sufficiently wide and long to fit into the cell without touching the cathodes. The distance between the cathode and the edge of the anode ribbons and mesh was 0.2 cm (see right photograph on page E307). Across the top of the mesh were two ribbons, which distributed current to the anodes. The top ribbons and mesh were secured into the bracket support using nylon screws. The bottom of each notch was at the same elevation as the top of the mesh. The total anode surface area was 72,310 cm 2 . The currents applied per electrode surface area corresponding to the applied current of 0, 33, 68, and 98 A were 0, 0.46, 0.94, and 1.36 mA/cm 2 , respectively.
Copper cables connected the power supply to a junction box. Within the junction box, the cables were connected to two copper bus bars that extended the length of the reactor in a sealed compartment just above the cells where the polycarbonate tubes enter from the flow equalization tank. The bus bar compartment lid was held in place with white nylon screws and sealed to the compartment base with silicon glue. Dimensionally stable anode ribbons connected the anodes and cathodes in each cell to the bus bars (right photograph on page E307). Power was supplied from a welding source. 2 Each cell had three polycarbonate distribution tubes, each of which had 10 equally spaced holes on the bottom. Water entered the tube from an influent flow equalization tank located behind the cells and flowed down to the base of each cell, then back up through the anodes and cathodes, and then over the weirs into collection troughs between the cells. The smaller troughs between the weirs brought the effluent to a single main trough behind the width of each cell. At each end of the larger collection trough were inlets for injection of STS (location 3 in Figure 1 ). At the low point in the main trough was a drain through which the effluent dropped into an effluent flow equalization tank. Water from this tank was pumped into the pilot plant.
Each cell was 1.2-cm deep (the depth of the ribbons) and had a surface area of 850 cm 2 , providing a cell volume of 1,020 cm 3 (1.02 L); therefore, the entire reactor of 10 cells could electrolyze 10.2 L at any given moment. With a plug flow of 10 L/min, the theoretical electrolytic contact time would be 1 min, but because the t 10 /t (hydraulic efficiency) was measured at 0.7, the actual hydraulic detention time through the anodes would be approximately 1.4 min. The tracer study could not be conducted on the cells alone but only on the reactor as a whole, including the influent equalization flow tank. Therefore, the actual hydraulic detention time was no less than 1.0 min and no greater than 1.4 min.
The cells were covered with a solid PVC lid into which four threaded holes had been drilled. The holes were connected to an air pump via polypropylene tubes, which removed chlorine and bromine gases both for safety reasons and to further minimize reabsorption. The off-gas was bubbled through an aqueous solution of sodium hydroxide and STS (Curlin et al, 2000) .
Water source. For most of these experiments, water from the California State Water Project (CSWP) was used. The CSWP is a system of dams, conveyances, and pumping stations spanning 1,000 km (620 mi) and supplies drinking water to 20 million Californians. The CSWP has four terminuses, one of which is Castaic Lake in northern Los Angeles County. The water delivered by the CSWP historically has had high bromide concentrations (100-400 µg/L), high total organic carbon (TOC) concentrations (2-9 mg/L), and a potential to form high concentrations of DBPs, particularly of the brominated species. The experiments described in this article were conducted between August and December 2009, when the bromide concentrations in Castaic Lake were between 260 and 280 µg/L, chloride was 65 mg/L, and TOC was between 1.55 and 2.5 mg/L.
pilot-plant design. The pilot plant consisted of three parts: an ozone contactor, an upflow contact clarifier, and a downflow deep-bed monomedium anthracite filter. The ozone contactor consisted of seven clear PVC tubes (15 cm in diameter) in an over-under configuration (see the photographs on page E308. Ozone 3 was added in the first cell in a counterflow configuration and then flowed through the subsequent cells as the ozone decayed. Cationic polymer 4 was added upstream of the clarifier and as a filter aid upstream of the filter, in both instances at a flow rate of 1.4 mL/min. Ferric chloride was added as a coagulant upstream of the clarifer at a flow rate of 1.2 mL/min. The ferric chloride dose ranged from 0.4 to 0.6 mg/L, and the cationic polymer dose ranged from 0.2 to 0.5 mg/L. The clarifier consisted of a clear PVC tube with 2 m of river pebbles, and the filter consisted of 1.5 m of anthracite coal. Coagulants were added to the water in a static mixer and then flowed up through the contact clarifier and over a weir into two filters-one with 1 m of media (filter 1) and the other with 1.5 m of media (filter 2).
analytical techniques. Bromide. Bromide ions were measured by ion chromatography 5 using method 300.0 (USEPA, 1992) . This method cannot measure Br 2 , hypobromous acid (HOBr), or hypobromite (OBr -).
Bromine. Bromine (Br 2 , HOBr, or OBr -) was measured by collecting electrolyzed samples in duplicate and adding excess STS to one of the samples. The STS reduced any Br 2 , HOBr, OBr -, or BrCl that was present to bromide. Bromide was measured in both samples by ion chromatography (as described previously), which can measure bromide but not bromine; therefore, the difference between the bromide with and without STS was used to calculate the concentration of bromine. Sam- ples for bromide and chloride were collected in 100-mL polypropylene bottles. THMs. THMs were analyzed by gas chromatography 6 combined with a mass spectrometer 7 using method 524.2 (USEPA, 1995). Samples were collected in zero-headspace vials preserved with STS.
THMFP. THMFP was measured by collecting a sample from the reactor effluent into a 1-L amber glass bottle and adding sufficient ascorbic acid to reduce all measurable free available chlorine (FAC) formed during electrolysis. Next, the bottle was sampled for THMs, and sufficient sodium hypochlorite was added to produce a concentration of 20 mg/L FAC. The bottle and water were then incubated in the dark at room temperature for seven days. A sample of the water from this bottle was then collected and analyzed for THMs as described previously.
Bromate. Bromate was measured by ion chromatography 5 according to method 300.1 (USEPA, 1992) with a conductivity detector 8 supplied by the CLWA.
Ozone. Ozone concentration in the aqueous phase was determined by method 4500-O3 (Standard Methods, 2005) using a colorimeter 9 and optical-quality vials. 10 Percent ozone. Percent ozone in the gaseous phase was measured in the effluent of the ozone generator using the ultraviolet absorption technique at 253.7 nm (Rakness et al, 1996) .
rESulTS and diScuSSion Figure 1 shows the schematic of the pilot plant, including the locations for each sampling. Experimental conditions for the experiment overall are provided in Table 1. The table also shows the amount of bromide and chloride removed under each experimental condition as measured at the effluent from the reactor (SL 1 in Figure 1 ) and the ozone contactor (SL 2 in the figure) . Table 2 shows the bromate and THMFP measured at the effluent of cell 7 of the ozone contactor. TOC was not measured because previous research had shown that electrolysis did not result in changes in TOC (Boulos et al, 2008) . The temperature of the ozone contactor effluent varied no more than 2˚C, and the pH did not change by more than 1.6. As in the authors' previous research (Boulos et al, 2013; Kimbrough et al, 2012 Kimbrough et al, , 2011 Boulos et al, 2008; Kimbrough, 2007; Kimbrough & Suffet, 2006 , 2002 , the current study clearly showed that bromide was removed through the electrolysis process more or less in proportion to the current applied (as measured at SL 1 in Figure 1 ). This proportionality in fact was clearer with the chloride volatilization rates than those for bromide. This resulted largely because the bromide concentrations were significantly lower than the chloride concentrations and most of the bromide was removed at the lowest current setting; therefore, at the higher currents, a large portion of the bromide had already been volatilized, so the reaction was limited by the availability of bromide. Although on a percentage basis much less chloride was removed than bromide, the actual volatilization rate on a mass basis for chloride was about 20 times higher than for bromide. The actual reaction rates of volatilization ranged from 0.05 to 0.17 mg/L/min for bromide and from 1 to 5 mg/L/min for chloride.
The effect of this process on DBP formation upstream of clarification and filtration can be seen in Table 2 . Bromate concentrations were significantly reduced after electrolysis, compared with the control conditions without electrolysis. The current study was designed with extreme DBP formation conditions. When the ozone dose was increased (e.g., from conditions 7 to 8 to 9), the process resulted in higher bromate concentration (because of the reaction of ozone and bromide), which led to lower bromide concentrations, as shown in Table 1 . The same was true for conditions 4, 5, and 6, as well as conditions 10, 11, and 12.
The doses of ozone applied in the current study were significantly greater than the typical dose of 0.3 to 0.5 mg/L that might be applied in a full-scale surface water treatment facility. Comparable reductions would be expected to be observed at lower ozone doses because the reaction kinetics are first order. In five of the six conditions, bromate concentrations after electrolysis were half or less and often even lower. As shown in Table 2 , the least reduction was at the 12-mg/L applied ozone dose, i.e., from 100 µg/L BrO 3 without electrolysis to 77 µg/L BrO 3 using 68 A. The greatest reduction was with 8 mg/L of applied ozone, i.e., from 97 µg/L BrO 3 without electrolysis to 7.6 µg/L BrO 3 using 98 A.
A pattern visible in the THMFP results (Table 2) suggests that although the concentration of the brominated THMs declined, the concentration of trichloromethane (chloroform) increased. This same pattern was observed in previous research using a batch electrolysis reactor (Kimbrough & Suffet, 2002) . It would seem that reactive sites in the TOC-which would otherwise have had a bromine atom added-instead had a chlorine atom added. Electrolysis does not appear to change the reactivity of the TOC but does lessen the likelihood that brominated species will be formed. Overall, however, the process does result in a net reduction in both brominate species and total THMs. Changes in pH and temperature caused by electrolysis and ozonation also may have influenced results. 
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Nonetheless, an examination of the results shown in Tables 1  and 2 clearly indicates that, at the very least, when the applied current was 98 A, significant bromide was removed from the water, and the tendency to form DBPs was greatly reduced.
chlorides and off-gas control. In contrast to previous research efforts (Boulos et al, 2013; Kimbrough et al, 2011; Boulos et al, 2008; Kimbrough & Suffet, 2006 , 2002 , chlorides in the current study were not only oxidized to chlorine but also volatilized. Of particular interest was the fact that the rate at which chloride was oxidized to chlorine was quite low, compared with the authors' previous studies. At 33 A, the effluent concentration of chlorine in aqueous phase was only 1.9 mg/L, whereas at 68 A, it was 3.8 mg/L, and at 98 A, it was 6.5 mg/L. At 98 A, approximately 5.0 mg/L of chloride had been volatilized and 6.5 mg/L was still in solution, indicating that approximately 12 mg/L of chlorine had been oxidized, of which approximately 40% was volatilized.
Because sufficient chlorine was being volatilized to cause health and safety concerns, off-gas controls were instituted. The off-gas controls were simple in design and proved effective. Provided the lid was on tight, the pumps were operating, and solution was present in the gas wash bottle (distilled water and STS), no measurable chlorine was detectable in the air. The amount of chloride increased in the gas wash bottle as operations went on, confirming that volatilization was indeed occurring.
Additionally, off-gas control was important for bromide removal because the lid covering the reactor may limit the volatilization of bromine gas. Gas may accumulate beneath the lid, resulting in a lower driving force for volatilization and possible gas re-entrainment.
conSidEraTionS for a propoSEd ScalEd-up uniT
The current study confirmed results of the authors' previous research (Boulos et al, 2013; Kimbrough et al, 2012 Kimbrough et al, , 2011 Boulos et al, 2008; Kimbrough, 2007; Kimbrough & Suffet, 2006) , which found that electrolysis can be an effective technique for bromide removal and reduction in the formation of brominated DBPs. Furthermore, the increased efficiency of volatilization of both bromide and chloride confirmed the hypothesis that resolubilization of bromine and chlorine from the gas phase is a major process limiting efficiency and that this can be overcome using shallow anodes. These results underscore the merit of further evaluating the possibility that this process can also be used to reduce chloride concentrations in water.
The broader question is whether electrolytic volatilization of bromide can be applied to a full-scale application. Short of constructing a full-scale facility, the only way to address this question is to scale up the process to, e.g., 1,000 L/min (approximately 250 gpm or about 1 acre-ft/d), in order to look at the costs and benefits. The following sections discuss considerations and costs associated with a 250-gpm demonstration-scale unit.
footprint considerations. One concern associated with scaling up to a demonstration-scale unit is the size of the reactor footprint. Because minimizing reactor depth is essential to process efficiency, the reactor must be scaled up by stacking the reactor cells on top of one another to prevent the footprint from growing too large. As for the ozone contactor, the ozone kinetics observed in the current study were first order, indicating that the pilot-scale ozone contactor behaved in the same fashion as full-scale contactors and the processes are similar.
Safety considerations. The design of the demonstration-scale electrolytic reactor must take into account two principle safety issues: the voltage and current required for the process and the mix of gases produced in the process.
Electrical safety. Operation of the electrolytic reactor requires sufficiently high direct current (DC) to prevent the formation of bromate and THMs. To deliver the DC required by the process, a high-voltage alternating current power source must be supplied to the proximity of the electrolytic reactor. Proper precautions must be taken to isolate this equipment and ensure the safety of all personnel. Although the power supply equipment requires high voltage, the DC voltage in the reactor cells can be relatively low and not pose a shock threat; however, there still will be significant electrical current in the reactor cells, and applying high currents to open channels of water can present additional safety concerns. An example of potential hazard occurred during the pilot-testing, when water from condensation came into contact with the reactor's electrical bus bar and caused an electrical short, which produced a loud blast and spark. To alleviate safety concerns, the design of the demonstrationscale electrolytic reactor should include features (discussed subsequently) to isolate the process and electrical equipment.
Off-gases. Applying current to the water volatilizes bromine, but it also volatilizes other gases such as oxygen, chlorine, and hydrogen. Concentrating these gases in the reactor cell or releasing them to the atmosphere may pose a safety risk. To mitigate this risk, the demonstration-scale reactor must be designed to collect and treat the off-gas from the process.
Suggested safety measures. To help protect operations staff from the electrical current and the off-gases generated in the process, the following specific measures are suggested:
• Reactor cells can be placed in a containment structure that includes a fiber-reinforced plastic (FRP) cover and concrete curb. The FRP cover can be designed to capture and treat the gases produced in the process and can include access doors that, when opened, would shut off power to the unit.
• Concrete containment can be designed to prevent the release of potentially electrified water beyond the boundary of the reactor.
• Careful selection of construction materials can provide additional safety assurance. All materials used in the process (minus the electrical equipment) should be nonconductive material such as FRP and PVC.
• Addition of these measures will help ensure safe operation of the electrolytic process, but because these materials are flammable, it is essential that adequate ventilation be provided. A loss of ventilation to the unit should result in automatic shutdown of the reactor.
In the subsequent discussions, safety costs per se were not quantified. However, off-gas treatment costs were included in the estimates of capital costs and operations and maintenance (O&M) costs.
capital costs. The capital costs consist of all items constructed and/or purchased for the demonstration-scale unit. The estimated costs included here are based on vendor-quoted information and engineering estimates for required materials. The cost estimate assumes that there is sufficient head and flow to provide water to the demonstration unit and that there is sufficient electrical capacity at an existing motor control center to provide the required power for the process. The expected accuracy level for the cost estimate is Class 4, as classified by the AACE International (2011). The expected accuracy range of a Class 4 estimate is within 30% over the estimate to 15% under the estimate.
Capital costs for a 250-gpm demonstration-scale unit are summarized in Table 3 . If a 20-year term and a 6% interest rate are assumed, the capital costs of the demonstration-scale electrolytic reactor would be approximately $865/mil gal. This figure includes all of the items listed in Table 3 but does not include costs for any influent or effluent pumping that may be Off-gas treatment 20,000
Electrical and instrumentation 126,000 AC/DC inverter 60,000
Unit installation 150,000
Total direct cost 841,000
Contingency* 252,000
General contractor overhead, profit, and risk † 164,000
Sales tax (8.75%) 65,000
Total estimated construction cost 1,322,000 AC/DC-alternating current/direct current, DSA-dimensionally stable anode *30% of total direct cost † 15% of total direct cost plus contingency required. The total estimated construction cost for a 250-gpm electrolysis system is $1.3 million. capital cost comparison of electrolysis and ro. To ascertain how the capital costs for the proposed demonstration-scale electrolytic reactor compare with those of a typical RO unit, the bromide removal of the two processes must be considered. Previous research showed that the electrolytic reactor can remove up to 40% of the influent bromide, whereas an RO unit can remove up to 99% of the influent bromide (Kimbrough et al, 2012) . Because of the differences in bromide removal, the capacity of the RO unit could be 60% less than that of the electrolytic reactor. To achieve the same effluent flow, influent flow would bypass the RO unit and be combined with the permeate flow. Table 4 summarizes the capacities of the two processes.
Based on a conservative estimate of $1.50/gal of installed capacity, the cost of a 250-gpm RO unit removing 40% of the influent bromine would be approximately $380/mil gal (versus $865/mil gal for the 250-gpm electrolytic reactor). This cost includes pretreatment for the RO unit, the RO unit, chemical systems, an RO building, and effluent storage but does not include brine management cost. Although the capital cost of the smaller RO unit would be less than that of the electrolytic reactor, O&M costs must also be considered when comparing the two technologies; a comparison of these costs is provided in a subsequent section. operational costs. Power consumption. For the 10-L pilot-scale plant, the power consumption under the four different conditions (0, 33, 68, and 98 A) was 0, 10, 34, and 65 W·h for 10 L of treated water. Because the process would involve "breaking head" (i.e., the water is no longer under pressure and must be pumped again), there would be additional electrical cost associated with repumping treated electrolyzed water; however, these costs would not be excessive.
The power required to operate the electrolytic process is significant and would constitute the majority of the O&M costs for the process. If a power cost of $0.10/W·h is assumed, the 250-gpm demonstration unit would cost $105,000 per year to operate at a current density of 1.36 mA/cm 2 , which equates to a unit power cost of $800/mil gal. However, if the reactor could be operated at a current density of 0.46 mA/cm 2 , the unit power cost would be reduced to approximately $240/mil gal (Table 5) . In this study, little additional bromide removal was observed above the lowest current tested. Therefore, at the lower end of current density, the electrical costs of the actual electrolysis process do not appear to be prohibitive and, in fact, are in line with other single-unit treatment costs, such as conventional surface water treatment or ion exchange.
Chemicals. Chemicals would be used in the electrolytic reactor to quench the chlorine created by the electrolytic process and periodically clean the reactor cells. A maximum dose of 20 mg/L of STS was required to quench the free chlorine produced by the pilot-scale reactor. If a similar STS dose is assumed for the demonstration-scale reactor, 27 kg of STS per day would be required to quench the free chlorine. At a cost of $0.38/kg ($0.19/lb), the required STS would cost $3,750 per year or $28.50/mil gal of water treated. NA-not applicable, O&M-operations and maintenance, RO-reverse osmosis *The range shown represents discharge rates to an existing brine line on the low end and zero-liquid-discharge on the high end. † The cost of concentrate disposal includes the capital cost of the concentrate treatment process.
All calculations assume continuous operation 24 hours a day, 365 days per year. Labor costs were estimated to the same for both the electrolytic reactor and RO. The reactor cells would require a periodic low-pH cleaning to remove calcium and magnesium that could precipitate at the cathode. Given the assumption that four low-pH cleans using hydrochloric acid would be required per reactor per year, the cost of the clean-in-place (CIP) chemicals would be approximately $230 per year or $1.70/mil gal. CIP waste would be neutralized and disposed of to the sewer.
Chemical requirements for off-gas treatment were assumed to be negligible because off-gassing of chlorine would be controlled to limit overall energy costs. Chemical costs include $1.00/mil gal for caustic soda use in the scrubber system. The chemical scrubber system would require caustic soda to capture chlorine and bromine off-gases and sequester them in a high-pH solution. Other off-gases such as hydrogen and oxygen would be pushed through a high-pH scrubbing solution but ultimately discharged to the atmosphere. Scrubbing solution would be discharged to the sewer. maintenance costs. The maintenance costs associated with the demonstration-scale electrolytic reactor would likely include cleaning and flushing on a periodic basis and replacement of the cathodes and anodes. The cleaning and flushing could be performed at the same time as the CIP and is not expected to add significant cost to the operation of the process.
The bulk of maintenance costs would result from cathode and anode replacement attributable to wear and tear. The life of the cathode and anode plates in the electrolytic process is unknown but is anticipated to be between five and 10 years; extended operation of a demonstration-scale unit would yield information to help determine the cathode and anode life. Under the assumption that all cathodes and anodes would need to be replaced after five years, the associated maintenance cost would be $51,000 per year or $390/mil gal. o&m cost comparison of electrolysis and ro. It is important to put the O&M costs in perspective. Table 5 compares typical O&M costs for an RO system and projected O&M costs for the demonstration-scale electrolytic reactor. As explained previously, the costs of the RO unit are the cost for a 100-gpm RO design capacity with a 150-gpm bypass.
As shown in Table 5 , the O&M costs associated with RO vary significantly, depending on a variety of factors such as location and availability of concentrate disposal alternatives. If the demonstration-scale electrolytic reactor was operated at the higher current density, i.e., 1.36 mA/cm 2 , to control bromate formation, the cost of the reactor would be toward the high end of the sidestream RO unit for bromide removal. However, if the reactor was operated at the lower current density for bromide removal, i.e., 0.46 mA/cm 2 , the electrolytic process would be more competitive with a sidestream RO unit. Because the applied current is an important consideration for the O&M costs of an electrolytic reactor, an investigation into the comparative bromide removal of the different currents should be conducted at demonstration scale.
One of the advantages of the electrolytic reactor over RO is that it does not produce a concentrated waste stream. If the goal of a project is to reduce bromate formation and concentrate disposal options are not available, the electrolytic reactor would have an economic advantage. Because concentrate disposal is an issue for many locations, the electrolytic process may be a viable alternative for bromide removal. However, the RO process is also highly effective at removing TOC, which would result in lower DBP formation.
comparison with other treatment alternatives. In evaluating the costs associated with electrolysis, another factor to consider is the deferred cost of alternative treatments. The most commonly used approach to THM control is the use of chloramines instead of chlorine. Whereas water treatment facilities typically add free chlorine to produce a concentration of 1.0 mg/L, chloramines are commonly applied at concentrations of 2.5 to 3.5 mg/L, in part because they are a much less effective disinfectant than free chlorine. This means that significantly more chlorine must be added to treated waters. Additionally, ammonia must be added, and these additional chemicals have a significant cost.
Furthermore, as they decay, chloramines release ammonia, which can lead to nitrification. To prevent nitrification, water utilities that use chloramines must flush their lines frequently to remove water with low residuals. This is expensive in terms of both labor and treated water lost.
concluSion
In this pilot-scale study, the electrolytic process was shown to effectively remove bromide, which, in turn, can reduce the concentrations of brominated DBPs, including bromate and THMs. Although not inexpensive, electrolysis for bromide removal appears to be cost-competitive with RO. Cost estimations and other considerations indicated that this technology could be effectively and economically scaled up for a demonstration plant, depending on the water quality, regulatory compliance, and operational objectives selected.
One benefit of the electrolytic volatilization process is that the efficient removal of bromide could bring into production new source waters that otherwise might need to be set aside or used minimally. Moreover, the technology, although still in the developing stages, appears to have potential as a new approach to complying with existing regulations and protecting public health. In the United States, if a potable water purveyor exceeds the maximum contaminant level for regulated DBPs, a public notice must be sent to all customers stating, "If you have a severely compromised immune system, have an infant, are pregnant, or are elderly, you may be at increased risk and should seek advice from your health care providers about drinking this water" (CFR, 2005) . Although the monetary cost of such a public notification is not significant, the loss of consumer confidence and trust in the public water supplies-and the efforts to regain them-could cost utilities dearly. 
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